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This work investigates CO2 removal by single and blended amines in a hollow-fiber membrane contactor (HFMC) under
gas-filled and partially liquid-filled membrane pores conditions via a two-scale, nonisothermal, steady-state model
accounting for CO2 diffusion in gas-filled pores, CO2 and amines diffusion/reaction within liquid-filled pores and CO2

and amines diffusion/reaction in liquid boundary layer. Model predictions were compared with CO2 absorption data
under various experimental conditions. The model was used to analyze the effects of liquid and gas velocity, CO2 partial
pressure, single (primary, secondary, tertiary, and sterically hindered alkanolamines) and mixed amines solution type,
membrane wetting, and cocurrent/countercurrent flow orientation on the HFMC performance. An insignificant difference
between the absorption in cocurrent and countercurrent flow was observed in this study. The membrane wetting
decreases significantly the performance of hollow-fiber membrane module. The nonisothermal simulations reveal that
the hollow-fiber membrane module operation can be considered as nearly isothermal. VC 2014 American Institute of

Chemical Engineers AIChE J, 61: 955–971, 2015
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Introduction

Global warming is an increasingly worrying issue for the
international community. The rise of atmospheric tempera-
ture is likely correlated with the increase of anthropogenic
greenhouse gas emissions. Carbon dioxide is the largest con-
tributor to the greenhouse effect; according to the most
recent Intergovernmental Panel on Climate Change report,1

the share of CO2 emission was 76% in 2010, while CH4 con-
tributed to 16%, N2O to about 6% and the combined fluori-
nated gases to about 2%. The major sources of CO2

emissions are the combustion of fossil fuels and natural gas.
In addition, various industrial processes as oil refineries,
cement, steel, and aluminum production annually emit huge
amounts of CO2 into the atmosphere. In this context, CO2

capture has recently attracted a considerable interest in the
reduction of industrial CO2 emissions, aiming to separate
CO2 from different gaseous mixtures to produce a concen-
trated stream ready for sequestration or further use.

A large variety of CO2 capture techniques have been pro-
posed including absorption, adsorption, cryogenic distillation,
and membrane techniques.2–5 Among them, the absorption
processes is the most extensively used technology to capture
CO2 in conventional gas–liquid contactors due to its highest
CO2 removal efficiency (up to 90%).5 Absorption–desorption
processes in which CO2 is contacted with aqueous amine
solutions such as monoethanolamine (MEA), diethanolamine
(DEA), di-2-propanolamine (DIPA), and 2-amino-2-methyl-

1-propanol (AMP) are the most developed schemes being
used extensively in natural gas purification.6,7 However,
even if the reaction between CO2 and these amines is signifi-
cantly fast, their potential application in CO2 capture
encounters several drawbacks, the most important being the
high regeneration energy requirement.7–9 Equilibrium limita-
tions, equipment corrosion, and amine degradation are some
other drawbacks of the process, mainly inherited by the
aqueous moiety.10–15 The use of blended alkanolamine solu-
tions has recently become very attractive because of the
combination of each amine advantages: the fast reactivity of
primary or secondary alkanolamines (MEA, DEA) coupled
with the high absorption capacity and low solvent regenera-
tion cost of tertiary (N-methyldiethanolamine—MDEA) or
sterically hindered alkanolamines (SHA; AMP). In blended
amines solutions, piperazine (Pz) can also be used as activa-
tor; Pz is not an alkanolamine but has proven to have a
higher absorption rate than MEA.16–21

CO2 capture by chemical absorption and desorption of
CO2 in aqueous amine solutions is projected to consume up
to 30% of the net power generation of a coal burning power
plant, causing significant economic burdens as well as an
increase of the need for petroleum-based amine chemicals.
Additionally, the conventional CO2 absorption equipment
(packed and tray towers, bubble columns, venture scrubbers,
and spray towers) suffer from several disadvantages such as
large space occupancy, high capital cost, high tendency for
corrosion, and a variety of operational problems including
liquid channeling, foaming, flooding, and entrainment.22–24

To overcome the aforementioned problems, alternative
technologies that can decrease the cost of CO2 capture and
minimize environmental impacts are needed. Gas–liquid
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membrane contactors have been proposed as a promising
alternative.25,26 Hollow-fiber membrane contactors (HFMCs)
involve the transfer of CO2 through a nonselective porous
membrane, followed by its absorption into a liquid absorbent.
This technology is integrated to exploit the benefits of both
absorption (high selectivity) and membrane separation (modu-
larity and compact structure)27 and offers several advantages
such as: operational flexibility, independent control of gas and
liquid flow rates, high mass transfer rates, large gas/liquid
interfaces with known area, compact size, easy scale-up or
scale-down, and modularity.28 The operational problems
encountered in the conventional equipment are avoided
because the gas stream flows on one side and the absorbent
liquid flows on the other side of the membrane, without phase
dispersion. However, a disadvantage of the membrane contac-
tors is the presence of an additional diffusional resistance
(through the membrane pores), which becomes significant
when the membrane pores are wetted by liquid absorb-
ents,26,29 thus, leading to the deterioration of CO2 absorption
flux in long-term operation. Kreulen et al.30 were the first to
suggest that the wetting of membrane pores significantly
impacts mass transfer coefficients in the membrane module,
leading to a sharp increase in membrane resistance, and a
rapid decline of the absorption performance.

Numerous investigators in the past have studied the
absorption of CO2 in different single and blended alkanol-
amine solvents using conventional gas–liquid contactors. The
use of HFMCs started attracting the attention in the last two
decades only and many experimental and theoretical studies
are continuously reported to better evaluate the applicability,
the performances and the limitations of this technology.
Bhaumik et al.31 developed a rapid pressure swing absorp-
tion process by integrating the best features of membrane
contacting, gas–liquid absorption, and pressure swing adsorp-
tion for CO2 cyclic separation in a microporous hydrophobic
hollow-fiber module. Wang et al.32 theoretically studied the
absorption of CO2 in HFMCs using three typical alkanol-
amines solutions of DEA, MDEA, and AMP. Their simula-
tions indicated that DEA and AMP gave much higher CO2

absorption fluxes compared to MDEA solutions. The per-
formance of a laboratory-scale membrane contactor was
investigated by Hoff et al.33 for the case of CO2 absorption
into separate aqueous solutions of MEA and MDEA at dif-
ferent values of CO2 partial pressure, liquid CO2 loading,
liquid velocity, and temperature. Zhang et al.34 studied CO2

absorption in aqueous DEA solutions in a HFMC at different
CO2 partial pressures. Gong et al.35 have reported an experi-
mental and theoretical analysis about CO2 removal in aque-
ous blends of MDEA and MEA in a hollow-fiber membrane
module. Their results indicated that the fractional removal of
CO2 and the CO2 absorptions flux increased with the
increase of MEA concentration in the blend. Paul et al.36

studied the removal of CO2 by single (MEA, DEA, MDEA,
and AMP) and blended (MEA-MDEA, DEA-MDEA,
MEA 1 AMP) aqueous alkanolamine solutions in HFMCs.
The aqueous solution of MEA had the highest CO2 absorp-
tion flux among the single amine solutions and for the
absorption in mixed amines, the absorption flux increased
with the increase of the concentration of MEA or DEA. Del-
gado et al.37 investigated the effect of several operational
variables (liquid velocity, fiber length, lean CO2 loading, and
amine concentration) on the absorption process in the case
of absorption of CO2 into aqueous DEA solutions using
HFMCs. Khaisri et al.38 studied the absorption of CO2 in

MEA solutions in a polytetrafluoroethylene (PTFE) hollow-
fiber membrane module and compared the experimental data
with a homogeneous mathematical model. The membrane
mass transfer resistance was determined using the Wilson
plot method and a theoretical approach. Partial membrane
wetting was investigated to determine the effect of mem-
brane mass transfer resistance on the absorption performance
and the overall mass transfer coefficient. The maximum
acceptable percent of membrane wetting in gas absorption
membrane systems was found to be 40%. Rode et al.39 eval-
uated the intensification potential of membrane contactors
for CO2 absorption in MEA under industrially relevant oper-
ating conditions using a generic 1-D methodology. The influ-
ence of the external fiber radius, and membrane permeability
and thickness on overall process performance was investi-
gated. Boucif et al.40 have reported a parametric investigation
of CO2 absorption in MEA by a HFMC using a model based
on the momentum and mass transport conservation laws in all
three compartments. In the shell side, the flow was described
by the Navier–Stokes momentum balance equations. Ghasem
et al.41 studied the effect of water evaporation on the perform-
ance of CO2 absorption in HFMCs using aqueous sodium
hydroxide solutions. Zaidiza et al.42 compared 1-D and 2-D
modeling approaches of CO2 postcombustion capture process
in HFMCs and concluded that 1-D model provided similar
results with 2-D model in the investigated domain, with sig-
nificant lower calculation times. Also, Chabanon et al.43 have
reported a critical comparative analysis of modeling strategies
for CO2 capture by absorption in MEA solutions. Four differ-
ent types of models (constant overall mass transfer coefficient
model, 1-D resistance in series, 1-D and 2-D convection–
diffusion models) have been compared, with the membrane
mass transfer coefficient as the only adjustable parameter. It
was shown that the different models performed equally well
in terms of fit efficiency, whatever their intrinsic level of
complexity, when similar membrane mass transfer coefficient
values were used. This result addresses key questions in terms
of strategy for model validation and with regard to the current
trend of increasing model complexity.

Although the advancements accomplished up till now in
the modeling of CO2 absorption process in gas–liquid mem-
brane contactors are noticeable, none of the available
approaches attempted, to the best of our knowledge, to har-
ness into a comprehensive model the following phenomena:
(1) CO2 diffusion in the gas-filled membrane pores, CO2 and
amines diffusion/reaction within the liquid-filled membrane
pores, (2) CO2 and amines diffusion/reaction in the liquid
boundary layer, (3) mass and momentum balance equations
in the bulk liquid and gas phases, (4) variable gas flow rate
due to chemical contraction, and (5) thermal effects, heat
transfer, and interfacial temperatures using properly formu-
lated enthalpy balance equations.

This work is offered as an incremental piece of informa-
tion in this direction and proposes the investigation of CO2

absorption accompanied by chemical reaction with single
and mixed amines in hollow-fiber membrane absorbers under
gas-filled pores and partially liquid-filled pores conditions
using a new two-scale, nonisothermal, steady-state model
harnessing the five aforementioned features. We first summa-
rize the main steps for developing the model accounting for
CO2 diffusion in the gas-filled membrane pores, CO2 and
amines diffusion/reaction within the liquid-filled membrane
pores and, CO2 and amines diffusion/reaction in the liquid
boundary layer. The liquid film zone surrounding the inside
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membrane wall was described by the nonlinear differential
equations governing diffusion and reaction given by the film
theory and the bulk liquid phase within the hollow-fiber was
modeled assuming “concentration plug flow” under laminar
flow conditions.44,45 In the second part of the work, we pro-
pose to analyze the simulated effects of the liquid and gas
velocity, CO2 partial pressure, single and mixed amine solu-
tion type, and membrane wetting on the membrane module
performance. The impact of the cocurrent and countercurrent
flow orientation was investigated. CO2 removal by single
primary (MEA), secondary (DEA), tertiary (MDEA), and
SHA (AMP, a simple hindrance form of MEA and three
SHA derived from AMP: 2-amino-2-methyl-1,3-propanediol
(AMPD), 2-amino-2-ethyl-1,3-propanediol (AEPD), and 2-
amino-2-hydroxymethyl-1,3-propanediol (AHPD)), and
mixed amines (MEA-MDEA, MEA-AMP, AHPD-Pz) was
considered in the study. The model predictions were com-
pared with CO2 absorption data obtained in a HFMC under
various experimental conditions.

Theoretical Background

When the membrane pores are partially filled with liquid
absorbent (real operating conditions), the two-scale, noniso-
thermal, steady-state model of the gas–liquid hollow-fiber
membrane module describes CO2 diffusion in the gas-filled
membrane pores and the diffusion accompanied by the
chemical reaction of CO2 and amines within the liquid-filled
membrane pores (Figure 1a). Under membrane gas-filled
pores conditions, the mathematical model describe only the
mass transfer of CO2 through the membrane pores, followed
by its absorption into the liquid absorbent (Figure 1b). The
liquid film zone surrounding the inside membrane wall is
described by the nonlinear differential equations governing
diffusion and reaction of CO2 and amines, given by the film
theory developed by Lewis and Whitman46 (Henry’s law
holds). The model equations at the gas–liquid membrane
contactor level consist of mass balance equations for both
gas and liquid phases under nonisothermal conditions. Bulk

liquid phase within the fiber lumen was modeled assuming
“concentration plug flow” under laminar flow conditions.

Reaction mechanism in aqueous amine solutions

The kinetics of the reaction between CO2 and aqueous
amines were described via the mechanism proposed by
Caplow47 and redeveloped by Danckwerts48 which assumes
the formation of a zwitterion followed by the removal of a
proton by all bases existing in solution. This mechanism has
been used successfully with conventional alkanolamines and
SHA, such as MEA, DEA, DIPA, AHPD, AEPD, and
AMPD21,49–51

RNH21CO2
! k2

k21

RNH1
2 COO2 (1)

RNH1
2 COO21Base! kb

k2b

RNHCOO21BaseH1 (2)

For this mechanism, the overall forward reaction rate
equation, derived with the assumption of quasi-steady-state
condition for the zwitterion concentration and irreversible
deprotonation of the zwitterion by bases, is

rCO22RNH2
5

k2 CO2½ � RNH2½ �
11 k21X

kb Base½ �
(3)

where
X

kb Base½ � is the contribution to the removal of the

proton by all bases present in the solution.
For the reaction between CO2 and tertiary amines

(MDEA) and Pz a second-order reaction rate was
used11,20,36,52

rCO22Am5k2 CO2½ � Am½ � (4)

Porous membrane scale model

In real conditions, the membrane pores are partially filled
with the liquid absorbent. Consequently, the mathematical
model at the porous membrane level describes the diffusion

Figure 1. Schematic diagram of absorption process in hollow-fiber membrane: (a) membrane partially liquid-filled
pores; (b) membrane gas-filled pores.
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of carbon dioxide in the dried membrane layer and the diffu-
sion accompanied by the chemical reaction of carbon dioxide
within the wetted membrane layer. In addition, the model
contains the steady-state mass balance equations which
describe the amines diffusion accompanied by chemical reac-
tion within the wetted membrane layer.

Steady-state mass balance equations which describe CO2

(A) diffusion within the membrane gas-filled pores and CO2

diffusion accompanied by the chemical reaction within the
membrane liquid-filled pores53 are

Deff
A;g

1

r

@

@r
r
@Cg

A;m

@r

 !" #
50 (5)

Deff
A;l

1

r

@

@r
r
@Cl

A;m

@r

 !" #
2
X2

i51

mA;iri Cl
j;m

� �
50 (6)

The corresponding boundary conditions are given as (gas–
liquid interface is positioned in membrane)
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The steady-state mass balance equation which describe
amines (j 5 B, C) diffusion accompanied by the chemical
reaction within the membrane liquid-filled pores is
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The corresponding boundary conditions are based on the fol-
lowing assumptions: the component j is nonvolatile and at the
membrane–liquid interface the flux of component j in the liquid
film is equal to the flux in the wetted part of the membrane
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Under nonisothermal conditions, the temperature gradients in
the membrane pores are given by the equations describing the
heat transport within the membrane gas-filled pores and the
heat transport and reaction within the membrane liquid-filled
pores (convective terms are assumed to be insignificant)53
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Under membrane gas-filled pores (ideal) conditions the
mathematical model describe only the mass transfer of CO2

and heat transport through the membrane pores and is reduced
to the Eqs. 5 and 14 with the following boundary conditions
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Liquid boundary layer (liquid film) scale model

In the liquid phase, the reaction zone is located near the
inside membrane wall where the liquid motion by convection
is slight compared to that in the main body of liquid and a
stationary liquid film can be considered. So, the small liquid
zone surrounding the inside membrane wall can be described
by a system of nonlinear differential equations governing
diffusion and reaction of CO2 and amines, given by the film
theory developed by Lewis and Whitman46
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Under nonisothermal conditions, the temperature gradient
in the liquid film is given by the following heat transport
equation53
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When the membrane pores are partially filled with liquid,
the boundary conditions are as follows
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When the membrane pores are totally filled with gas, the
boundary conditions for the liquid film model are (gas–liquid
interface is positioned at membrane wall)
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Gas–liquid membrane contactor scale model

The entire liquid flow in the lumen side may be viewed as
consisting of three sections54: the so-called hydrodynamic inlet
section, the concentration inlet section, and the fully developed
section. In the hydrodynamic inlet section, the initially flat liquid
velocity profile evolves toward a parabolic velocity profile which
remains translationally invariant in the downstream direction.
The hydrodynamic inlet section is estimated to be fairly short
(<1 mm) compared to the total length of the hollow fiber and
we may consider that the laminar flow with a parabolic velocity
profile is developed from the entrance of the fiber. Due to the
CO2-amine reaction in the membrane liquid-filled pores and in
the liquid film zone near the inside membrane wall, the deple-
tion of amine as well as the saturation of the bulk liquid with
CO2 are not very important in fully established region.44,45,55 As
result, the bulk liquid flow within the hollow fiber can be mod-
eled assuming “concentration plug flow” under laminar flow
conditions.44,45 Consequently, the steady-state mass balance
equations for CO2 and amines in the liquid phase are
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Similarly, the steady-state mass balance equation for CO2

in the gas phase within the shell side is
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where the axial gradient of the gas velocity was obtained
from the overall mass balance equation in gas phase
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Under nonisothermal conditions, the gas–liquid membrane
contactor scale model is extended with the steady-state heat
balance equations in the liquid and gas phases53
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In the Eqs. 38, 39, and 41 the sign “2” corresponds to the
countercurrent flow, and the sign “1”corresponds to the
cocurrent flow.

For cocurrent flow, the corresponding boundary conditions
are given as
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Because the flow through the fibers is considered to be lami-
nar, the internal (liquid) pressure drop was estimated using the
classic Hagen–Poiseuille equation for pipe flow.39 The pressure
drop for the external (gas) flow was estimated using a Kozeny-
type equation for axial flow through an array of cylinders39 in
which the Kozeny constant is fitted to a fiber-bundle geometry56
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Model parameters

The effective diffusion coefficients were evaluated consid-
ering both molecular and Knudsen diffusion processes57
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The diffusion coefficients for binary gas systems were pre-
dicted with Chapman and Enskog equation58 and the molec-
ular gas diffusivity coefficients in multicomponent gas
mixtures were calculated with Blanc correlation.58 Knudsen
diffusion coefficient was evaluated using the correlation pre-
sented in Treybal.59 The molecular diffusion coefficients in
the liquid phase was taken from Versteeg and van Swaaij60

and Thomas and Furzer61 or calculated using the method
Wilke–Chang.58 The solubility of CO2 in the liquid phase
was taken from Versteeg and van Swaaij,21,60 Bougie and
Iliuta,21 Yoon et al.,50 Yoon et al.51 and Bishnoi
and Rochelle.11 The thermal conductivity of the amine solu-
tions was estimated using Filippov equation and Sastri
method.62 The effective thermal conductivity of the mem-
brane was evaluated with the porous solid model developed
by Harriott63
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The heat capacities of amine solutions were evaluated using
data from Pag�e et al.64, Chiu and Li,65 Zhang and Chen,66

and Olivia et al.67,68 The reaction enthalpies were evaluated
using data from Arcis et al.,69 Gabrielsen et al.,70 Park
et al.,71 Baek and Yoon,72 Rodier et al.,73 Liu et al.,74 Matho-
nat et al.,75 and Kim and Svendsen.76 For the liquid flow in
the fiber lumen, the physical liquid mass transfer coefficient
was evaluated from the Graetz–Leveque correlation77
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For the gas flow in the shell side, the mass transfer coeffi-
cient was evaluated with the following correlation78
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Heat transfer coefficient for the external flow was eval-
uated using Sparrow et al.79 correlation developed for the
convective heat transfer of air over a circular cylinder

Nug5
agdout

m

kg

50:251 0:4 Re1=2
g 10:06 Re2=3

g

h i
Pr0:37

g

lg

lw

� �1=4

(54)

The kinetic constants for all single and blended amine sys-
tems are listed in Tables 1 and 2 and the rate expressions for
all amines are given in Table 3.

Numerical implementation

Aspen Custom Modeler from Aspen Tech was used to gen-
erate the numerical platform to solve the mixed ordinary differ-
ential equations (ODE)/algebraic system which models the
gas–liquid HFMC. A first-order backward finite difference
method was used for the discretization in the axial direction
and a second-order central finite difference method in the radial
direction. A nonlinear solver based on the Newton method was
used to solve the set of simultaneous model equations.

Experimental

Chemicals

The aqueous amines solutions used in this work were pre-
pared by gravimetric method. The MEA (from Sigma-

Aldrich) had a minimum purity of 99% and was used with-
out further purification. A Mettler AE240 balance with a pre-
cision of 61 3 1024 g was used to prepare the solutions
and the uncertainties of the reported concentrations were cal-
culated to be <0.01 wt%. Gases (CO2 and N2) were of com-
mercial grade with a minimum purity of 99.9% (Praxair).

Membrane module

The membrane module used for CO2 absorption process
was fabricated from PTFE hollow-fiber membranes supplied
by Markel Corporation (Pennsylvania). The hollow-fiber
membranes were potted with epoxy at both ends in stainless
steel discs having small holes positioned in a circular pattern.
The length of the membrane inside the disc (0.03 m) on the
liquid entry side gave sufficient distance (>10din

m) for the lam-
inar liquid flow inside the fiber to be fully developed before it
contacts the gas.84 Additionally, the holes in the discs were
sufficiently distant one relative to each other to assure evenly
spaced fiber and no contact between them. This membrane
assembly was put in a clear borosilicate housing allowing vis-
ual inspections of the membranes to detect any possible liquid
going to the shell side through the membrane pores. Mem-
brane and module specifications are provided in Table 4.

Absorption setup and procedure

A detailed description of the experimental setup of CO2

absorption process can be found in Bougie et al.85 The inlet
gas flow rate and gas composition were adjusted with mass
flow controllers (OMEGA, FMA-2600A) and the outlet gas
flow rate and composition were determined with a bubble flow-
meter and a gas chromatograph (Micro GC 3000A, Inficon).
Aqueous amine solutions were supplied using a gear pump
(Cole-Parmer, OF-75211) and a calibrated rotameter. Inlet and
outlet fluid pressures were measured by four pressure trans-
ducers (Omega, PX481A). A needle valve at the liquid exit of
the contactor was adjusted to keep the liquid-phase outlet pres-
sure above the gas-phase pressure by at least 0.13–0.2 bar.

All experiments were performed at 298 K with the liquid
flowing through the membrane lumen and the gas supplied
to the shell side. The fluids were circulating countercurrently
or cocurrently by modifying the gas connexions in the con-
tactor module. Three MEA aqueous solutions were tested.
The liquid flow was first established through the contactor at
a rate between 10 and 80 ml/min and the liquid pressure was
stabilized. A constant humidified 300 ml/min total gas flow

Table 1. Kinetic Parameters—Single Amine Systems (at 298 K)

System k2,B (m3/kmol s) k2;BkH2O=k21 (m6/kmol2s) k2;BkB=k21 (m6/kmol2s) Reference

MEA(B) 1 H2O 6358 9.58 1580 Liao and Li80

DEA(B) 1 H2O 2375 2.2 437 Xu et al.81

AMP(B) 1 H2O 810 2.64 2335 Xu et al.81

AMPD(B) 1 H2O 301.5 1.207 298 Yoon et al.51

AEPD(B) 1 H2O 242 0.01255 270.9 Yoon et al.50

AHPD(B) 1 H2O 192.3 1.77 248.7 Bougie and Iliuta21

MDEA(B) 1 H2O 5.21 Littel et al.82

Table 2. Kinetic Parameters—Blended Amines System (at 298 K)

System
k2,B (k2,C)

(m3/kmol s)

k2;BkH2O=k21

(k2;CkH2O=k21)
(m6/kmol2s)

k2;BkB=k21

(k2;CkC=k21)
(m6/kmol2s)

k2;BkC=k21

(k2;CkB=k21)
(m6/kmol2s) Reference

MEA(B) 1 MDEA(C) 1 H2O 6358 (5.41) 9.58 1580 434 Liao and Li80

MEA(B) 1 AMP(C) 1 H2O 5600 (560) 98 (18) 2.58 3 105 (800) 6 3 104 (9.08 3 104) Ali83; Paul et al.36

AHPD(B) 1 PZ(C) 1 H2O 192.3 (5.37 3 104) 1.77 248.7 Bougie et al.20
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rate with a volumetric fraction of CO2 ranging from 20 to
80% was supplied in the shell side of the contactor. Usually,
around 15 min were necessary to reach steady-state condi-
tions and the absorption rate was measured based on the
inlet gas flow rate and the difference between the inlet and
the outlet CO2 composition in the gas.

Results and Discussion

Model validation

Examination of Figures 2 and 3 provides the ability to
compare the model predictions to experimental absorption
data obtained at different liquid flow rates, CO2 partial pres-
sures in the gas phase, and MEA concentrations in the liquid
phase. The agreement between predictions and measurements
is very good: the average relative deviations between calcu-
lated and experimental data are, respectively, 2.6% and 2.2%
for all tests involving countercurrent and cocurrent flow. The
model is able to describe very well the experimental data
obtained in membrane reactors with a void fraction within
the range 50–98%. Under the operation conditions of this
study, the estimated PTFE membrane pore wetted fraction is
bounded within the range [0–0.03]. The CO2 absorption rate
increases with the increase of the liquid flow rate, CO2 gas
concentration and MEA liquid-phase concentration and an
insignificant difference between the absorption rates obtained
for cocurrent and countercurrent flow can be observed.

Nonisothermal simulations

This section briefly discusses some simulation results for the
nonisothermal case. The operating conditions and geometry of
the hollow-fiber membrane module are listed in Table 5. The
simulations are shown for the cases where the membrane pores
are totally/partially filled with the gas phase. Figure 4 show
the axial temperature profiles in liquid and gas phases and
radial temperature profiles in the liquid film surrounding the
inside membrane wall. The hollow-fiber membrane module
temperature raise, which is barely perceptible, is higher for
CO2 absorption in MEA because of the highest reaction
kinetics and reaction enthalpy. Figure 5 shows the influence of
membrane wetting fraction on the axial temperature profiles in
the liquid phase and radial temperature profiles in the liquid
film surrounding the inside membrane wall and membrane
liquid-filled pores. Partial wetting of membrane pores causes a
significant increase of the mass transfer resistance in the mem-
brane which decreases significantly CO2 absorption rate and
consequently the absorption module temperature.

The absorption rate is only slightly influenced by the gas-
phase velocity because of the minor mass transfer resistance

in the gas phase and as result, the raise of the temperature in
the hollow-fiber membrane module is insignificant: for a
superficial gas velocity of 0.5 m/s, comparable to the superfi-
cial velocities that are usually achieved in packed columns,
the raise of the temperature for CO2 absorption in MEA is
0.75 K. The temperature amplification increases with the
increase of membrane contactor length. However, for a con-
tactor length of 1 m, which assures a reasonable pressure
drop level (30 mbar on the liquid side), and for a superficial
gas velocity of 0.5 m/s (both within the industrially relevant
range), the increase of the temperature in the hollow-fiber
membrane module remains trivial: 1.4 K for CO2 absorption
in MEA. CO2 absorption flux increases with the increase of
inlet CO2 partial pressure due to the higher driving force in
the gas phase. As result, the temperature in the hollow-fiber
membrane module increases. However, with a contactor
length of 1 m, a superficial gas velocity of 0.5 m/s, and an
inlet gas CO2 mole fraction of 0.4 the increase of the tem-
perature in the hollow-fiber membrane module remains
minor: 1.6 K for CO2 absorption in MEA.

The nonisothermal simulations reveal that the hollow-fiber
membrane module operation can be considered as quasi-
isothermal. This provides post facto justification of consider-
ing the hollow-fiber membrane module as being isothermal.

Isothermal simulations

First, simulations under membrane gas-filled pores (ideal)
conditions were carried out to explore the effect of single
and mixed amines solution type, liquid and gas velocity,
CO2 partial pressure, and flow orientation (cocurrent and
countercurrent) on the membrane module performance. CO2

removal by single primary (MEA), secondary (DEA), tertiary
(MDEA), SHA (AMP, AMPD, AEPD, AHPD), and mixed
amines (MEA-MDEA, MEA-AMP, AHPD-PZ) was studied.

Table 3. Reaction Rate Expressions

Aqueous Amine Solution rCO22B (kmol/m3s) rCO22C (kmol/m3s)

Single amines
MEA, DEA, AMP, AMPD, AEPD, AHPD (B) k2;BCACB

11 1

kH2O

k21
CH2O

h i
1

kB
k21

CB

h i
MDEA, PZ(B) k2;BCACB

Blended amines
MEA(B) 1 MDEA(C) or AHPD(B) 1 PZ(C) k2;BCACB

11 1

kH2O

k21
CH2O

h i
1

kB
k21

CB

h i
1

kC
k21

CC

h i k2;CCACC

MEA(B) 1 AMP(C) k2;BCACB

11 1

kH2O

k21
CH2O

h i
1

kB
k21

CB

h i
1

kC
k21

CC

h i k2;CCACC

11 1

kH2O

k21
CH2O

h i
1

kB
k21

CB

h i
1

kC
k21

CC

h i

Table 4. Experimental Membrane and Module Specifications

Membrane
Material PTFE
Inside diameter 1830 mm
Outside diameter 2440 mm
Pore diameter 0.03–0.08 mm
Porosity 0.2
Lenght 0.178 m

Module
Number of membranes per module 8
Inside diameter 0.05 m
Length 0.178 m
Inside specific area 20.05 m2/m3

Outside specific area 26.73 m2/m3
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Then, the influence of membrane wetting on membrane mod-
ule performance was analyzed. The hollow-fiber membrane
module characteristics and operating conditions used in sim-
ulation for the base case are given in Table 5.

CO2 Absorption in Single Amine Solutions. CO2 absorp-
tion performance of different single amines under membrane
gas-filled pores conditions was analyzed. From the results

presented in Figure 6, it is evident that there is a strong
decrease of the CO2 absorption flux along the length of
membrane for MEA and AMP because of very fast reaction
of CO2 and amine. This is coherent with the evolution of
CO2 partial pressure in the gas phase. The sharpness of the
decreasing trend gradually declines for the CO2-amine sys-
tems having lower reaction rates. There is no significant var-
iation of the flux for the case of CO2 absorption in MDEA
due to the lower reaction rate compared to other CO2-amine
systems. MEA has the highest CO2 absorption flux followed
by AMP, AMPD, AHPD, and MDEA, which is justified
from the reaction kinetics reported in Table 1. For the faster
reactions (CO2-MEA) and (CO2-AMP) the enhancement fac-
tor defined as the ratio of absorption flux in presence of
chemical reaction to the absorption flux in absence of chemi-
cal reaction increases along the length of HFMC. For the

Figure 2. Experimental and theoretical CO2 absorption
rate as a function of liquid flow rate (a) and
CO2 gas concentration (b, c): gas concen-
tration 5 20% CO2 (a); liquid flow rate 5 20 ml/
min (b); MEA concentration 5 1 mol/L (c); gas
flow rate 5 300 ml/min; countercurrent flow.

Figure 3. Predicted vs. experimental CO2 absorption
rate in the countercurrent and cocurrent
HFMC: gas flow rate 5 300 ml/min; MEA
concentration 5 1 mol/L.

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]

Table 5. Hollow-Fiber Membrane Module Used in

Simulations: Base Case Operating Conditions

Operating Conditions Data

Fiber outer diameter 0.002 m
Fiber inside diameter 0.001 m
Membrane wall thickness 5 3 1024 m
Fiber height 0.4 m
Membrane porosity 0.5
Number of fibers per module 57
Outside specific area 581.6 m2/m3

Inside specific area 290.8 m2/m3

Module void fraction 0.709
Fiber volume fraction 0.388
Reactor pressure 0.1 Mpa
Temperature 298 K
Superficial gas velocity

(interstitial velocity)
0.05 m/s (0.082 m/s)

Superficial liquid velocity
(interstitial velocity)

0.01 m/s (0.103 m/s)

Inlet liquid amine concentration 1 mol/L
Inlet gas CO2 mole fraction 0.2
Module liquid fraction 0.097
Module gas fraction 0.612
Liquid-side pressure drop 0.013 bar
Gas-side pressure drop 0.055 mbar

962 DOI 10.1002/aic Published on behalf of the AIChE March 2015 Vol. 61, No. 3 AIChE Journal

http://wileyonlinelibrary.com


slowest reaction rate used in simulations (CO2-MDEA), the
enhancement factor is equal to Hatta number (not shown)
and the reaction is pseudo first order. Figure 7 shows typical
concentration profiles of CO2 and amines in liquid film (the
thickness of the liquid film varies between 1.025 3 1024

and 1.22 3 1024 m). The concentration profiles of CO2

move to the left side of the liquid film with the increase of
the reaction rate. Depletion of MEA in the liquid film is the
highest due to the highest reaction rate of MEA with CO2.
MDEA is not depleted significantly and the reaction can be
considered to be pseudo first order. Figure 7a shows that the

Figure 4. Axial temperature profiles (a, b) and radial
temperature profiles in the liquid film (c) for
CO2 absorption in single amine solutions
(base case operating conditions, nonwetted
membrane, and cocurrent flow).

Figure 5. Influence of membrane wetting fraction on the
axial temperature profiles in the liquid phase
(a), radial temperature profiles in the liquid
film surrounding the inside membrane wall (b),
and membrane liquid-filled pores (c) (base
case operating conditions, cocurrent flow).
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reaction zone is confined near the inside membrane wall and
consequently the liquid far from the interface is essentially
undisturbed so that the depletion of amine as well as the sat-
uration of the bulk liquid with CO2 can be neglected. As
result, “concentration plug flow” can be considered in bulk

liquid, and the assumption formulated in gas–liquid mem-
brane contactor scale model is verified.

CO2 Absorption in Blended Amine Solutions. CO2

absorption performance under membrane gas-filled pores
conditions into aqueous blends of (MEA 1 MDEA),
(AMP 1 MEA), and (AHPD 1 PZ) was analyzed. For CO2

absorption in aqueous blends of (MEA 1 MDEA) and
(AHPD 1 PZ) the performance of hollow-fiber membrane
module (Figure 8) increases significantly with the increase of
MEA and PZ concentration due to the much higher reaction
rate of MEA and PZ with CO2 (Table 2). On the other side,
for CO2 absorption in aqueous blends of (AMP 1 MEA) the
performance of hollow-fiber membrane module is not ampli-
fied significantly by the increase of MEA concentration
because the reaction rates of CO2 with AMP and MEA are
closed. The significant amplification of the performance of
CO2 absorption in the hollow-fiber membrane module when
MEA and PZ concentration in aqueous blends of
(MEA 1 MDEA) and (AHPD 1 PZ) increases is the results
of the strong increase of the CO2 absorption flux in the first
part of the hollow-fiber membrane module (Figure 9). Figure
10 shows typical concentration profiles of CO2 in the liquid

Figure 6. Axial CO2 partial pressure (a), CO2 absorption
flux (b), and enhancement factor (c) profiles
for CO2 absorption in single amine solutions
(base case operating conditions, nonwetted
membrane, cocurrent flow, inlet liquid amine
concentration 5 1 mol/L, inlet CO2 partial
pressure 5 20 vol%).

Figure 7. Liquid film CO2 (a) and amine (b) concentra-
tion profile for CO2 absorption in single
amine solutions (base case operating condi-
tions, nonwetted membrane, cocurrent flow,
inlet liquid amine concentration 5 1 mol/L,
inlet CO2 partial pressure 520 vol%).
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film, for CO2 absorption in aqueous blends of (MEA 1

MDEA) and (AHPD 1 PZ). The concentration profiles of
CO2 shift to the left side of the liquid film as the concentra-
tion of MEA or Pz in amines mixture increases. The differ-
ence gradually decreases with the increase of MEA or PZ
concentration because of the higher reaction rate of MEA
and PZ. Similar behavior (not shown here) was obtained for

the blend (AMP 1 MEA) but with nearer carbon dioxide
concentration profiles because the reaction rates of CO2 with
AMP and MEA are closed.

Effect of Operating Conditions on CO2 Absorption in Sin-
gle Amine Solutions. Partial pressure of CO2 in outlet gas
decreases with the increase of the liquid flow rate (Figure
11a). With the increase of the liquid flow rate the thickness
of the liquid boundary layer decreases and as result the mass

Figure 8. Axial CO2 partial pressure profiles for CO2

absorption in mixed amines solutions (base
case operating conditions, nonwetted mem-
brane, and cocurrent flow).

Figure 9. Axial CO2 absorption flux profiles for CO2

absorption in mixed amines solutions (base
case operating conditions, nonwetted mem-
brane, and cocurrent flow).
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transfer resistance of the liquid side decreases and the mass
transfer becomes more efficient (Figure 11b). CO2 absorption
flux increases significantly with the increase of liquid veloc-
ity in the first part of the hollow-fiber membrane module due
to the intensified mass transfer and decreases slowly in the
second part of hollow-fiber membrane module due to the
depletion of MEA (Figure 11c). The increase of the gas flow
rate causes the decrease of the gas–liquid contact time which
induces a higher partial pressure of CO2 in the gas outlet
(Figure 12a). Enhancement factor and overall mass transfer
coefficient (not shown) are insignificantly influenced by the
gas flow rate and as result CO2 absorption flux axial profiles
follow CO2 partial pressure profiles (Figure 12b). Therefore,
the absorption rate is only slightly influenced by the gas-
phase velocity, which could be attributed to a minor mass
transfer resistance in the gas phase. CO2 absorption flux
increases with the increase of inlet CO2 partial pressure (Fig-
ure 13) all along the length of the hollow-fiber membrane
module due to the higher driving force in the gas phase.

Effect of Flow Orientation on the Membrane Module Per-
formance. The simulation results of CO2 absorption from a
CO2-N2 (20/80 vol%) mixture flowing co- and countercur-
rently with DEA and AHPD solutions are presented in Fig-
ure 14. In agreement with Figure 3, an insignificant

difference between the absorption in co- and countercurrent
flow can be observed (CO2 conversion in the gas phase is
higher for countercurrent flow with 1.5–2%). The small dif-
ference in favor of countercurrent mode of operation is due
to higher CO2 absorption flux in the gas inlet region of
hollow-fiber membrane module because countercurrent flow

Figure 10. Liquid film CO2 concentration profiles for
CO2 absorption in mixed amines solutions
(base case operating conditions, nonwetted
membrane, and cocurrent flow).

Figure 11. Axial CO2 partial pressure (a), overall mass
transfer coefficient (b), and CO2 absorption
flux (c) profiles at different liquid flow rates
(20%CO2-1 mol/L MEA system, base case
operating conditions, nonwetted membrane,
cocurrent flow).
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provides a higher driving force in this region. This is in
agreement with the experimental results obtained in this
work and the results of Kreulen et al.30 and Atchariyawut
et al.86 obtained for the CO2-NaOH and CO2-MEA systems.

Effect of Membrane Wetting on the Membrane Module
Performance. Partial wetting of membrane pores causes a
significant increase of the mass transfer resistance in the
membrane, even if the fraction of wetted pores is small,
which would affect operation stability and the long-term run-
ning of the membrane contactor.86 Figure 15 shows an
important influence of the membrane wetting fraction on the
performance of hollow-fiber membrane module. The increase
of membrane wetting fraction decreases significantly CO2

absorption flux especially in the first part of the hollow-fiber
membrane module. This is the result of the considerably
reduction of the overall mass transfer coefficient due to the
amplification of the mass transfer resistance in membrane
liquid-filled pores. The rate of CO2 absorption flux reduction
is more important at low wetting fractions (Figure 16), espe-
cially for AMPD, AHPD, and DEA. However, a very fast
reduction of CO2 absorption flux at small wetting fractions
causes a lower CO2 sequestration from the gas phase. As

Figure 12. Axial CO2 partial pressure (a) and CO2

absorption flux (b) profiles at different gas
flow rates (20%CO2-1 mol/L DEA system,
base case operating conditions, nonwetted
membrane, cocurrent flow).

Figure 13. CO2 absorption flux axial profiles at different
values of inlet CO2 partial pressure (1 mol/L
AEPD system, base case operating condi-
tions, nonwetted membrane, cocurrent
flow).

Figure 14. Axial CO2 partial pressure profiles for co
and countercurrent flow of gas and liquid
phases: (a) 20%CO2 system, (b) 20%CO2-1
mol/L AHPD system (base case operating
conditions, nonwetted membrane).
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result, the concentration of CO2 in the gas phase increases,
which increase the overall driving force of the system and
slows down the future reduction of CO2 absorption flux in
time. The analysis of radial CO2 and amines concentration
distribution in liquid-filled membrane shows that the major-

ity variation of CO2 concentration is located near the gas–
liquid interface, while the amine concentration distribution is
very wide in radial direction (not shown). The simulation
results are in qualitatively agreement with the experimental
results of Lu et al.87

Conclusion

CO2 removal by single and mixed aqueous amines in
HFMCs under gas-filled pores and partially liquid-filled
pores conditions was studied. A two-scale, nonisothermal,
steady-state model accounting for CO2 diffusion in the gas-
filled membrane pores, CO2 and amines diffusion/reaction
within the liquid-filled membrane pores, and CO2 and
amines diffusion/reaction in the liquid boundary layer was
developed to simulate the comportment of a gas–liquid
membrane contactor. Because the two-scale model was suc-
cessful to predict the comportment of the HFMC, a series of
simulations were performed to capture the effect of single
and mixed amine solution type, liquid and gas velocity, inlet
CO2 partial pressure, and membrane wetting on the mem-
brane module performance. Also, the impact of the cocurrent
and countercurrent flow orientation was investigated. The
conclusions can be summarized as follows: (1) MEA is the
most suitable single amine solution for CO2 absorption;

Figure 16. Exit CO2 partial pressure (a) and CO2

absorption flux (b) as a function of mem-
brane wetting fraction (base case operat-
ing conditions, cocurrent flow).

Figure 15. Axial CO2 partial pressure (a), CO2 absorp-
tion flux (b), and overall mass transfer coef-
ficient (c) profiles at different values of
membrane wetting fraction (20%CO2-1 mol/
L AMP system, base case operating condi-
tions, cocurrent flow).
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similar absorption performance was found for AHPD-Pz
blend, even at low PZ concentrations; (2) there is an
improvement of hollow-fiber membrane module performance
with the increase of MEA or PZ concentration in aqueous
blends of (MEA 1 MDEA), (AMP 1 MEA), and (AHPD 1

PZ); (3) for both membrane gas-filled and partially liquid-
filled pores conditions the reaction zone is located near the
gas–liquid interface which is positioned at the membrane
wall, respectively, inside the membrane; (4) membrane
wetting, even at low fractions, decreases significantly the
performance of hollow-fiber membrane module; (5) an insig-
nificant difference between the absorption in cocurrent and
countercurrent flow was observed in this study; (6) noniso-
thermal simulations reveal that the hollow-fiber membrane
module operation can be considered as quasi-isothermal.

Notation

ain
v = inside specific area, m2/m3

aout
v = outside specific area, m2/m3

cp,a = specific heat capacity of a-phase (a5g; l), J/kgK
Cj = concentration of species j, kmol/m3

din
m = inner diameter of hollow-fiber membrane, m

dout
m = outer diameter of hollow-fiber membrane, m

Dj,a = molecular diffusivity coefficient of species j in a phase
(a5g; l), m2/s

Deff
j;a = effective diffusivity of species j inside membrane (a5g; l), m2/s

Dkj = Knudsen diffusion coefficient of species j, m2/s
H = membrane length, m
kg = gas-phase mass transfer coefficient, m/s
kl = liquid-phase mass transfer coefficient, m/s
m = distribution coefficient

NA = mass transfer flux of solute A, NA52Deff
j;A

@Cl
A;m

@r jr5Rin
m
5

2DA;l
@CA;lf

@r jr5Rin
m

Nu = Nusselt number
P = pressure, bar

Pr = Prandtl number
r = radial position within porous membrane and liquid film, m

ri = reaction rate of reaction i, kmol/m3s
rCO22j = reaction rate, kmol/m3s

rout
m = outer hollow-fiber membrane radius, m
R = ideal-gas constant
Rj = reaction rate of the component j, kmol/m3s

Rlf = radius of liquid film surrounding the hollow-fiber membrane, m
Rgl

m = radius of gas–liquid interface in hollow-fiber membrane, m
Rin

m = inner radius of hollow-fiber membrane, m
Rout

m = outer radius of hollow-fiber membrane, m
Re = Reynolds number
Sc = Schmidt number
Sh = Sherwood number
T = temperature, K

ug = superficial gas velocity, m/s
u‘ = superficial liquid velocity, m/s
z = axial coordinate, m

Greek letters

ag = gas-phase heat transfer coefficient, kJ/m2sK
d = membrane wall thickness, m

DHr = reaction enthalpy, KJ/Kmol
e = membrane porosity

ea = module a-phase fraction
u = fiber volume fraction
j = Kozeny constant
ka = conductivity of a-phase, kJ/msK
ma = dynamic viscosity of a-phase, kg/m s

mA,i = stoichiometric coefficient of CO2 in reaction i
s = tortuosity factor

Subscripts/superscripts

g = gas phase
in = inlet, inside

l = liquid phase
lf = liquid film
m = membrane
s = solid phase

out = outer, outside

Abbreviations
Am = amine in the system, MDEA or Pz
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